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ABSTRACT 
Calcium looping is a post-combustion CO2 capture technology that uses CaO as a 
regenerable solid sorbent. One potential advantage of this technology is that it allows flue gases 
to be treated with SO2, avoiding the need for a costly desulfurization step. In this work, we study 
the desulfurization capacity of a CFB carbonator reactor in a 30 kWth pilot plant that has been 
used to test CO2 and SO2 co-capture. A simple reactor model is applied to analyze the 
experimental results obtained and to study the effect of the main variables involved in the 
process: i.e. the circulation rates of solids and the inventory of active material in the CFB reactor. 
The results obtained have shown that SO2 capture efficiencies above 0.95 can be achieved in a 
CFB carbonator even when using a low inventory of active material in the bed. Extreme 
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desulfurization (SO2 emissions below 5-10 ppmv) is thought to be achievable in large scale CFB 
carbonators designed to capture CO2 with CaO.  
 
INTRODUCTION 
Calcium looping is an emerging post-combustion CO2 capture technology that uses CaO 
as a regenerable solid sorbent. In this system, CO2 from the combustion flue gas of a power plant 
is captured by using CaO as sorbent in a circulating fluidized bed (CFB) carbonator operating 
between 600-700 ºC. The stream of partially carbonated solids leaving the carbonator is directed 
to the CFB calciner, where the solids are calcined by burning coal under oxy-fuel conditions at 
temperatures above 900 ºC, allowing the release of the CO2 captured from the power plant and 
the regeneration of the sorbent (CaO). The CFB reactors used in Ca looping operate with solid 
materials (mainly CaO particles and ashes) and key operating conditions (gas velocities and solid 
circulation rates) very similar to those present in large scale CFB combustors. This advantage 
explains the rapid development of this technology in recent years from small laboratory scale 
pilot plants1,2,3,4,5,6 to larger pilot plants with a scale of 200 kWth7 and 1 MWth´s 8,9,10. 
Other features of the process are that the heat supplied to the calciner can be recovered 
from different high temperatures sources, thus ensuring an efficient heat integration through the 
entire power plant and a lower energy penalty11,12,13,14,15,16. Another important aspect of CaL 
compared to other post-combustion CO2 capture technologies (e.g. amine systems) is that the 
flue gas treated can contain a certain amount of SO2 since CaO from calcined limestones is used 
in many commercial scale power plants17. Several works on sulfation phenomena in CaL systems 
have been published although these focus mainly on the effect of SO2 on CO2 carrying capacity 
during cycling18,19,20,21,22,23,24,25. These studies have referred to the negative impact upon SO2 on 
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sorbent capacity and the increasing decay of CO2 carrying capacity of the sorbent during cycling 
due to the irreversible sulfation reaction of CaO. Some researchers18,20,23 have shown that the SO2 
absorption capacity of cycled CaO is higher than that of the fresh calcined limestone due to fact 
that the sintering process causes the pores to open. These researchers have also suggested the 
idea of using the spent sorbent from calcium looping as feedstock material for SO2 retention in 
CFB boilers during coal combustion. However, it should be noted that a simple mass balance on 
the continuous operation of Ca looping26 reveals that the large makeup flows of limestone 
required to purge the ash and maintain sorbent activity results in very low average particle 
sulfation values (sulfation conversions below 5 mol%). In any case, the loss of activity due to the 
irreversible reaction between CaO and SO2 can be compensated for by adding fresh sorbent due 
to the low cost of limestone and by taking advantage of synergy with the cement industry27,28. 
Other aspect of the presence of SO2 in Ca-looping is the effect on sorbent attrition. Different 
trends have been reported in the literature. Some authors29 have found that the presence of SO2 
can reduce the attrition of the sorbent during CO2 capture in CFB reactor. However, a recent 
work carried out by Coppola et al.30  has reported that SO2 has little impact on sorbent attrition 
during CO2 capture in a fluidized bed reactor. 
 
The fact that Ca looping allows flue gases to be treated with SO2 offers the possibility of 
avoiding the desulfurization step and removing the SO2 during CO2 capture process. However, to 
our knowledge no experimental has demonstrated the ability of a CFB carbonator to retain SO2 
under the typical conditions expected of a carbonator in a calcium looping system. The aim of 
this work is to study the desulfurization capacity of a CFB carbonator in a small pilot plant 
composed of two interconnected fluidized beds during CO2 capture operating in continuous 
mode (i.e. continuous circulation of solid between the calciner and carbonator). A simple reactor 
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model is proposed to analyze the experimental results obtained and to study the effect of the 
main variables involved in the process. 
 
EXPERIMENTAL 
The tests shown in this work were carried out in the 30-kW pilot plant at INCAR-CSIC 
which has been described elsewhere 5. Figure 1 outlines the Ca-looping process and the main 
variables analyzed during an experimental campaign to test SO2 capture in the carbonator. This 
facility consists of two interconnected CFB reactors: a carbonator 6.5 m in height and a calciner 
6.0 m in height. Both reactors have an internal diameter of 0.1 m. The facility is electrically 
heated by independently controlled ovens. Each reactor is equipped with a primary cyclone 
which separates the solids and flue gases leaving the risers. In order to close the pressure balance 
and to return the solids to the riser, each reactor is equipped with a loop seal which consists of a 
bubbling fluidized-bed aerated with air. A simulated flue gas is supplied to the carbonator by 
mixing air, CO2 and SO2 by means three mass flow controllers. For this study, the calciner was 
operated burning coal with air. The composition of the flue gas leaving both reactors was 
measured by two continuous gas analysers. The inventory of solids in each reactor was 
calculated from the pressure drop in the risers. During the tests samples of solids from the risers 
were taken using sampling ports. The conversion of CaO to CaCO3 and CaSO4 was calculated by 
determining the carbon and sulfur content of the samples of solids using a LECO CS 230. The 
samples were also tested in a TG equipment to determine their maximum CO2 carrying capacity 
(Xave). 
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Figure 1. Scheme and main variables in the calcium looping process for CO2 capture 
incorporating SO2 co-capture. 
 
Compostilla limestone was used in all the experiments (main components of calcined 
limestone: 95.4 %w tCaO, 2.6 %wt Fe2O3, 0.8 %wt MgO, 0.5 %wt K2O) the initial average size of 
the particles being 105 μm. The main input of sulfur into the system was the flue gas fed into the 
carbonator. A low ash and sulfur coal was used during the tests (71.0 % C, 4.4 % H, 0.2 % S, 3.9 
% ash) to facilitate the analysis of SO2 capture in the carbonator. The experimental procedure 
applied is similar to that described by Rodriguez et al. 5. For each test an initial batch of 20 kg of 
limestone was used. The solids were calcined by burning coal in the carbonator and calciner. 
After this initial calcination, the coal fed into the carbonator was stopped to allow the 
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temperature to fall to a value between 600-700 ºC. Once this temperature had been reached, 
synthetic flue gas was fed into the carbonator in order to start the co-capture test.  
Table 1. Range of operation conditions and range of main parameters  
Carbonator temperature (ºC)  575-685 
Carbonator superficial gas velocity (m s-1)  2.1-2.9 
Inlet CO2 volume fraction  0.06-0.15 
Inlet SO2 concentration (ppmv)  1300-6250 
Inventory of solids in the carbonator (kg m-2)  20-255 
Maximum CO2 carrying capacity of the solids  0.04-0.18 
CO2 capture efficiency  0.10-0.50 
SO2 capture efficiency  0.70-1.00 
 
Table 1 resumes the main parameters involved in the carbonator reactor and the range of 
operating conditions. Initial tests showed that a high inventory of active solids in the carbonator 
(as needed for an efficient capture of CO25) leads to extremely high SO2 capture efficiencies 
(close to 1). Since the information from these tests is of little use for model validation purposes 
or to elucidate the effect of the variables involved in the SO2 capture process, most of the tests 
were carried out under experimental conditions that lead to SO2 capture efficiencies well below 
1, even though in these conditions, CO2 capture efficiencies were unacceptably low. This was 
achieved by using an unrealistically high SO2 concentration in the flue gas fed into the reactor 
and lower than usual inventories in the carbonator and lower solids circulation rates from the 
calciner. 
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Figure 2 shows an example of an experimental testing period of 40 minutes. The O2, CO2 
and SO2 concentration at the exit of the carbonator are shown in the first graph. The second 
graph shows the inventory of solids in the carbonator and the reactor temperature. The 
carbonator temperature shown in the second graph of Figure 2 corresponds to the average value 
calculated from the temperatures measured at the bottom of the carbonator where the dense bed 
is located. The third graph shows the CO2 and SO2 capture efficiencies calculated from the gas 
composition measured at the exit of the carbonator reactor.  
The experimental run illustrated in Figure 2 is divided into four periods with different 
SO2 inlet concentrations and solids inventories of solids. During this experimental run, the total 
flow to the carbonator and the CO2 molar fraction at the inlet was kept constant at 0.12. The SO2 
inlet concentration to the carbonator during the initial period (1) was kept at 1900 ppmv. The 
SO2 capture efficiency during this period was around 0.98, since the SO2 concentration at the 
exit of the carbonator was around 40 ppmv. After this period, the SO2 inlet concentration was 
increased to 3800 ppmv. This increase in the inlet concentration led to an increase in the SO2 
concentration at the exit of the carbonator and a reduction in SO2 capture efficiency to a value of 
around 0.95. During the 3rd period, the SO2 inlet concentration to the carbonator was set to 1800 
ppmv. A reduction in the SO2 at the exit of the carbonator was observed at this point which 
stabilized to a value close to 60 ppmv. The SO2 capture efficiency during this period was 0.97, 
slightly lower than during the initial period due to a small reduction in the inventory of solids. In 
the last period shown in Figure 2, the inventory of solids in the system was increased by re-
injecting solids taken from the secondary cyclones. This increased the SO2 capture efficiency to 
a value of 1 as no SO2 was detected at the exit of the carbonator. At the beginning of this period, 
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CO2 capture efficiency also increased. The carbonator temperature then rose, as a result of which 
a decrease in CO2 capture efficiency was observed. 
 
Figure 2. Results of an experimental run during a SO2-CO2 co-capture test (average gas 
velocity=2.5 m/s, CO2 inlet fraction=0.12, Xave=0.06).  
 
The experimental results shown in the Results and Discussion section correspond to 
steady states of at least 10 minutes, such as those shown in Figure 2. These steady periods are 
characterized by the average reactor temperatures (carbonator and calciner), the inventory of 
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solids in the risers (carbonator and calciner), the CO2 and SO2 concentration at the carbonator 
inlet, the carbonate content of the solids leaving the carbonator (Xcarb) and the calciner (Xcalc), the 
sulphate content of the solids (XCaSO4), the average CO2 carrying capacity of the solids in the 
system (Xave) and the circulation rate of the solids in the carbonator. A total of 40 hours of useful 
operation in SO2 and CO2 capture mode was achieved. 
 
RESULTS AND DISCUSSION 
To analyze SO2 capture in the carbonator, we followed a similar approach to that used by 
Alonso et al.31, Rodriguez el al.5 and Charitos et al.6 when analysing CO2 capture in a CFB 
carbonator. These previous studies demonstrated that the assumptions of instantaneous and 
perfect mixing of solids and plug flow in the gas phase are sufficient for interpreting the results 
obtained in the 30 kWt dual fluidized bed pilot plant. The overall mass balance in the carbonator 
for SO2 can be expressed as: 
 
⎟⎟⎠
⎞
⎜⎜⎝
⎛=⎟⎟⎠
⎞
⎜⎜⎝
⎛=⎟⎟⎠
⎞
⎜⎜⎝
⎛
CaO of stream gcirculatin
in the formed CaSO
phase gas  thefrom
 removed SO
bed in the CaOwith 
 reacting SO 422  (1) 
 
According to this mass balance, the SO2 that is removed from the flue gas fed to the 
carbonator is equal to the CaSO4 formed in the circulating stream of CaO. Therefore, in a 
stationary state: 
 
2SOCBsulf4CaSOCa FEXF ×=Δ×         (2) 
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where FSO2 is the molar flow of SO2 fed into the carbonator (mol s-1), Esulf CB is the SO2 capture 
efficiency in the  carbonator, FCa is the Ca molar circulation rate (mol s-1) through the carbonator, 
and ΔXCaSO4 the increment in molar sulfate content between the inlet and the outlet of the 
carbonator. The closure of this mass balance is difficult to verify in practice as 4CaSOXΔ  is very 
small, due to the incremental concentration of CaSO4 per cycle considering the high circulation 
of solids compared to the amount of SO2 fed into the carbonator20. However, in a continuous 
system, where there is a make-up flow of fresh limestone and a purge of spent sorbent, a similar 
mass balance can be applied to the whole Ca-looping system: 
 
comb2SOCCsulf2SOCBsulfCaSO0 FEFEXF 4 +=×     (3) 
 
where F0 is the molar flow of make up flow (mol s-1), XCaSO4 is the CaSO4 content in the purge of 
solids, FSO2 comb is the molar flow of SO2 produced during the combustion of coal in the calciner 
(mol s-1) and Esulf CC is the SO2 capture efficiency in the calciner. In the case of the test carried 
out in the 30 kWt dual fluidized pilot plant, there is no continuous addition of fresh limestone to 
the system which would result in an increase in CaSO4 content of the solids circulating in the 
system. Therefore, the evolution of the XCaSO4 with time during a given experiment with a stable 
inventory of material in the system can be calculated by using the following expression: 
 
dt
N
EFEF
X
t
0 total,Ca
CCsulfcomb2SOCBsulf2SO
4CaSO ∫ +=       (4) 
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where NCa, total is the amount of Ca present the system (mol). Figure 3 shows a comparison of the 
experimental sulfate content of samples taken periodically during an experimental run using a 
batch of limestone with the sulphate content calculated using Eq. 4. As can be seen from this 
figure, there is a good agreement between the experimental and calculated values, which 
indicates that there is an adequate mass balance closure between the SO2 disappearing from the 
gas phase and the CaSO4 formed inside the mass of solids present in the system. Figure 3 also 
indicates a good overall mixing of the solids in the system (with a time scale of minutes to tens 
of minutes affecting the total inventory of the solids in the system). It should also be noted that 
CaSO4 is mainly formed in the carbonator, due to low surfur content of the coal used and that the 
XCaSO4 content in the solids taken from calciner and carbonator are similar.  
 
Figure 3. SO2 mass balance closure. Comparison of the experimental and calculated XCaSO4 in the 
particles taken from the system during an experimental run.  
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To analyse the influence of the variables involved in SO2 capture with a view to the 
designing of the carbonator, the most interesting mass balance is that of the SO2 reacting with the 
bed of solids. This can be written as: 
 
reactor
4CaSO
activeCa2SOCBsulf dt
dX
NFE ⎟⎠
⎞⎜⎝
⎛=×      (5)  
 
where NCa active is the inventory of Ca (mol) reacting in the carbonator bed and (dXCaSO4/dt)reactor is 
the average reaction rate of the solids (s-1). Regarding the reaction term, we have shown in a 
previous work32 that the layer of CaSO4 is able to grow around the particle surface of cycled 
CaO without experiencing any geometrical restrictions for low conversion and that the sulfation 
conversion can be described adequately using a homogeneous model as the random pore model. 
We also have shown that the surface area available for the sulfation reaction can be correlated 
adequately with the CO2 carrying capacity of the sorbent. In order to simplify the reaction term, 
we have assumed that the solids react in the carbonator bed according to the following 
expression: 
 
2SOave2SOsulf
reactor
4CaSO Xk
dt
dX νϕ=⎟⎠
⎞⎜⎝
⎛      (6) 
 
where ksulf is the sulfation rate constant, ϕ SO2 is the gas-solid contacting effectivity factor 
(similar to that defined by Rodríguez et al.5 for the CO2 reaction rate in the carbonator), Xave is 
the average CO2 carrying capacity of the solids and 
2SO
ν is the average SO2 molar fraction in the 
carbonator. This expression used for the reaction rate term is consistent with the results obtained 
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in a TGA during the sulfation of cycled CaO under carbonation conditions reported by Arias et 
al.32 for low sulfation conversions when particles react in a chemically controlled regime.  
Regarding the inventory of Ca reacting with SO2 in the carbonator, it is assumed that the 
fraction of partially carbonated CaO does not play an active role in SO2 capture since it is 
unlikely that SO2 will react directly with CaCO3 to produce CaSO4 at carbonator temperatures of 
around 650 ºC 33. Moreover, the particles that are covered by the layer of CaCO3 cannot be 
considered active as the low diffusivity of SO2 through the carbonate layer at the relatively low 
temperature of the carbonator would prevent any conversion of the inner CaO inside the 
particles. On the basis of these assumptions, it is inferred that only those particles that do not 
reach their maximum CO2 carrying capacity in the carbonator bed are active for SO2 retention. 
This definition of our active inventory is similar to that used by Alonso et al.31 and Charitos et 
al.6 for analyzing the CO2 in a CFB carbonator. Assuming a perfect mixing of the solids in the 
carbonator, Alonso et al.31 defined in a previous work a characteristic time, t*, (which depends 
on the reactivity of the particles towards CO2 in the carbonator). According to their definition, 
this parameter is the time needed for the particles to reach Xave under the reaction conditions in 
the carbonator and can be calculated using the equation: 
 
( )eq2CO2COave2COcarb calcaveXk XX*t ν−νϕ −=       (7) 
 
where kcarb is the carbonation rate constant (s-1) and ϕ CO2 is the gas-solid contacting effectivity 
factor for the CO2 (see references6,31 for more details). It is assumed that those particles with a 
residence time in the carbonator higher than t* have achieved their maximum CO2 carrying 
capacity and do not react with SO2. Assuming a perfect mixing of the solids in the carbonator 
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reactor, a fraction of active solids (fa), defined as those solids with a residence time in the 
carbonator lower than t*, can be calculated using the equation: 
 
⎟⎟⎠
⎞
⎜⎜⎝
⎛ −
−= caca F/N
*t
a e1f         (8) 
 
where NCa is the amount of Ca (mol) in the carbonator and FCa is the circulation of Ca between 
the reactors (mol s-1). Using this approach, Charitos et al.6 defined an active space time as τa 
CO2=NCa fa Xave/FCO2,from which it follows that the CO2 capture efficiency parameter is:   
 
( ) 2COaeq2CO2CO2COcarbcarb kE τυ−υϕ=       (9) 
 
From the SO2 mass balance and the definition of the active inventory of solids as NCa 
active=NCa fa, Eq. 5 can be re-written in a similar form to that defined for CO2 to give the 
following expression: 
 
2SOa2SO2SOsulfCBsulf kE τνϕ=        (10) 
 
where τa SO2 is the active space time for the SO2 and is defined as: 
 
2SO
aveaCa
SOa F
XfN
2
=τ      (11) 
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The term ksulf ϕ SO2 was calculated by comparing both terms of the SO2 mass balance in 
Eq. 5. Figure 4 shows a comparison of the SO2 removed from the gas phase (y-axis) and the SO2 
that reacts with CaO in the carbonator bed of solids (x-axis).  
  
Figure 4. Comparison of the SO2 removed from the gas phase with the SO2 that reacts with CaO 
in the bed of the carbonator. 
 
The apparent sulfation reaction constant, ksulf ϕ SO2, obtained from the fitting of the 
results shown in Figure 4 is 3.22 s-1. To determine ksulf ϕ SO2 only those points with an ESulf CB 
below 1 were used. In order to calculate the value of ϕ SO2, we employed a value of ksulf from the 
experimental data presented by Arias et al.32 for Compostilla limestone which has a value of 3.78 
s-1 at a temperature of 630 ºC (average temperature for the experimental data obtained in this 
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work). This yields a ϕSO2 value of 0.85 which indicates that SO2 capture in the carbonator in the 
presence of CO2 is mainly controlled by the sulfation reaction rate of the particles in the bed. 
In Figure 5, SO2 capture efficiency is plotted against SO2 active space time. As can be seen, there 
is reasonable agreement between the experimental results and the values predicted with Eq. 10. 
From this plot it is deduced that a minimum value of τa SO2 is needed to achieve certain SO2 
capture efficiency. For example, in order to remove 99 % of the SO2 fed into the carbonator, an 
active SO2 space time of 480 s is needed.   
 
Figure 5. Comparison of experimental SO2 capture efficiency vs. active space time for SO2 (solid 
line calculated from Equation 10 and the following average conditions; carbonator 
temperature=630 ºC; SO2 inlet concentration=3000 ppmv, gas velocity inlet=2.7 m/s). 
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It may also be worthwhile to consider the relationships between CO2 capture efficiency 
and SO2 capture efficiency arising from the mass balance equations that lead to Eqs. 9 and 10. 
As mentioned above, the experimental CO2 capture efficiency results obtained in this work in the 
co-capture SO2 tests were not the main subject of the present work, as the reactor conditions 
selected for measuring SO2 capture efficiencies lower than 1 lead to very modest CO2 capture 
efficiencies. Nevertheless, the data on CO2 capture efficiencies obtained during these tests were 
analyzed using the methodology proposed by Charitos et al.6  and Eq. 9 in order to obtain an 
apparent carbonation reaction constant, kcarb ϕ CO2. This constant was 0.33 s-1, which is consistent 
with the value reported by Charitos et al.6 of 0.43 s-1 using experimental data acquired in the 30-
kW INCAR-CSIC pilot plant using a different batch of the same limestone. Combining Eqs. 9 
and 10, we obtain: 
 
( ) carb2SOeq2CO2CO2COcarb 2CO2SO2SOsulfCBsulf EFk
FkE ν−νϕ
νϕ=   (12) 
 
Figure 6 compares the experimentally measured CO2 and SO2 capture efficiencies 
achieved in the 30 kWth pilot plant with this equation, using the constants reported above. As can 
be seen there is reasonable agreement between the experimental and calculated values. When the 
carbonator is operating in experimental conditions that allow a typical CO2 capture efficiency of 
above 0.8, virtually all the SO2 fed into this reactor is  removed from the flue gas. Only when the 
operating conditions in the carbonator yield a CO2 capture efficiency that is well below 0.5, will 
the SO2 capture efficiency be lower than 1. Since the main target in the carbonator is to remove 
CO2 at high capture efficiencies (even if this is at the expense of large make-up flow of sorbent 
to ensure the presence of a sufficient inventory of active material in the bed), it can be assumed 
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that almost total desulfurization of the flue gas will take place in the carbonator of a Calcium 
Looping CO2 capture system.  
 
Figure 6. Comparison between the experimental results of SO2 capture efficiency and CO2 
capture efficiency (line corresponds to the values calculated using Eq. 12). 
 
CONCLUSIONS 
The retention of SO2 during CO2 capture in a CFB carbonator of dual fluidized bed 
experimental facility working in continuous mode has been studied. The results obtained show 
that CFB carbonators are excellent desulfurization units and SO2 capture efficiencies of above 
0.95 can be achieved, even with low inventories of solids in the reacting bed. A good closure of 
the SO2 mass balance of the SO2 during its removal from the gas phase and its reaction with the 
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inventory of solids was found. A simple reactor model was applied to predict SO2 capture 
efficiency. The apparent sulfation reaction constant for the limestone used in this work was 3.22 
s-1. From this value, it was calculated that a gas-solid contact factor of around 0.85 was 
calculated, indicating that SO2 capture efficiency is controlled by the chemical sulfation reaction. 
The results obtained in this work show that when the carbonator is working with a typical CO2 
capture efficiency of above 0.8, the SO2 entering with the flue gas will be removed from the flue 
gas that if fed in.  
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NOTATION  
Ecarb  CO2 capture efficiency 
Esulf CB  SO2 capture efficiency in the carbonator 
Esulf CC  SO2 capture efficiency in the calciner 
F0  molar make up flow of limestone (mol/s) 
fa  fraction of active particles reacting in the carbonator 
FCa  molar flow of Ca circulating between reactors (mol/s) 
FCO2  molar flow of CO2 fed to the carbonator (mol/s) 
FSO2  molar flow of SO2 fed to the carbonator (mol/s) 
FSO2 comb  molar flow of SO2 produced during coal combustion (mol/s) 
kcarb  carbonation rate constant (s-1) 
ksulf  sulfation rate constant (s-1) 
NCa  inventory of Ca in the carbonator bed (mol) 
NCa, active  inventory of active Ca in the carbonator bed (mol) 
NCa, total  total inventory of Ca in the system (mol) 
t*  characteristic time (s) 
Xave  maximum CO2 carrying capacity of the solids 
Xcalc  carbonate content of the solids leaving the calciner 
Xcarb  carbonate content of the solids leaving the carbonator 
XCaSO4  sulfate content of the solids 
Greek symbols   
ΔXCaSO4  increment of molar sulfate content of the solids in the carbonator 
ϕ   gas-solid contacting effectivity factor 
ν  molar fraction  
τa  active space time (s) 
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